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Abstract

A new model is presented for the analysis of hydrodynamics and heat transfer which can be used to predict heat

transfer coefficients in horizontal slug flow.

The results of Jung [Horizontal-flow boiling heat transfer using refrigerant mixtures, EPRI Rep., 1989, ER-6364]

show a considerable variation of the heat transfer coefficient around the periphery of the tube at low qualities, with the

top of the tube having the highest coefficient. It is shown that this region is likely to be one in which slug flow occurs.

The transition into the low quality regime is shown to be closely associated with that into slug flow, using an existing

flow pattern map.

The model follows the traditional interpretation of evaporative heat transfer, namely that of forced convective heat

transfer which may be enhanced by bubble nucleation processes. Slug flow hydrodynamic parameters such as liquid slug

and inter-slug (‘‘film’’) lengths to total slug unit length, and the top and bottom film thickness and liquid film velocities

in the inter-slug regions are important in understanding the heat transfer phenomena. Therefore, heat transfer models

developed for pipe top and bottom should include the effects of these slug flow parameters.

� 2003 Elsevier Ltd. All rights reserved.
1. Introduction

Heat transfer during two-phase vapour–liquid flow is

widely encountered in industrial operation. It occurs

during vaporisation and condensation processes such as

in boilers, condensers and many other major items of

chemical and power plants and water-cooled nuclear

reactors is dependent upon a knowledge of the fluid

dynamics and heat transfer process occurring during

forced convective boiling and condensation. However,

in spite of the very large amount of work which has been

done in this field, the state of knowledge is such that

reliable design methods are not available for two-phase

flow due to its very complex nature.

Slug flow that can exist over a wide range of phase

velocities is characterised by the alternative passage of
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liquid slugs and gas bubbles. The liquid slug that may be

aerated at high gas velocities is considered to fill the

entire cross section of the pipe, whereas a gas slug

occupies only a fraction of the cross section. Because of

the effect of gravity, gas slugs are concentrated in the

upper of the pipe in horizontal flow. Thus, gas and

liquid slugs are alternatively in contact with the pipe top,

and a continuous liquid phase is in contact with the pipe

bottom. The liquid slug picks up liquid at the slug nose

and sheds back the liquid in the form of slow-moving

film. For viscous liquids or small tube diameters, there

might be a thin, relatively stationary liquid film at the

pipe top. Thus, the unsteady nature of slug flow may

cause substantial variations in wall temperatures and in

peripheral heat transfer rates, especially when a constant

heat flux condition is employed.

Jung [1] studied the evaporation of refrigerant-12 in a

9 mm tube and made measurements of the heat transfer

coefficient at the top of the tube, at the bottom of the

tube and in a position halfway around the periphery

between the two (designated ‘‘middle’’ in what follows).
ed.
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The results are exemplified in Fig. 1. At high qualities,

there is some variation around the tube periphery, with

the heat transfer coefficient at the top being somewhat

higher than the heat transfer coefficient at the bottom.

This is typical of annular flow where the heat transfer is

likely to be mainly controlled by forced convective

mechanisms (i.e. with nucleation largely suppressed). At

low qualities however, there are gross differences be-

tween the top and bottom of the tube as shown and it

seems likely that this can be ascribed to a change in the

flow regime.

Non-evaporative heat transfer in air–water flow in

tubes has been studied by Shoham et al. [2], Kago et al.

[3] and Deshpande et al. [4]. The kind of result obtained

is typified by those shown in Fig. 2. In these air–water
Fig. 1. Experimental d

Fig. 2. Data of Desh
flow situations, the coefficient at the top of the tube is

much lower than the coefficient at the bottom. Thus, the

situation is quite different from that seen in evaporation

as shown in Fig. 1.

This interesting difference between the two results can

be ascribed to a number of factors as follows:

(1) In the air–water experiments, the liquid film at the

top of the channel could be drying out, with a con-

sequent drastic reduction of the heat transfer coeffi-

cient in that region.

(2) There is an important difference between evapora-

tive and non-evaporative heat transfer. In evapora-

tive heat transfer, the interface temperature is

constant at the saturation temperature. In non-evap-
ata of Jung [1].

pande et al. [4].
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orative heat transfer, the interface temperature may

change with distance and with peripheral position.

Supposing we had a system with a constant wall

temperature; if there is restricted mixing around

the periphery of the tube in the film region of a slug

flow or, alternatively, in an annular flow, then the

thin liquid layer at the top would approach the wall

temperature and would reduce the amount of heat

transfer. The thick layer of liquid at the bottom of

the tube, on the other hand, would take much longer

to approach the wall temperature and would there-

fore appear to have a very higher heat transfer coef-

ficient. In other words, what might be seen in this

case is a non-uniform liquid temperature rather than

a maldistribution of the heat transfer coefficient.

Though Deshpande et al. used electrical heating, it

is noted that the tube wall thickness that they em-

ployed was quite large and circumferential conduc-

tion may have tended to make their experiments

more representative of a constant wall temperature

rather than constant wall heat flux. There is some

further evidence of restricted circumferential mixing

in two-phase annular and slug flow from the work of

Jung et al. [1] on multicomponent evaporation. In

this case, the less volatile component tends to be-

come more concentrated at the top of the tube and

this gives an apparent maldistribution of heat transfer

coefficient (based on the mixture properties). In the

experiments of Jung et al. [1] the heat transfer coef-

ficient at the top of the tube was apparently lower

than that at the bottom for some situation even in

the case of evaporation.

(3) The experiments of Deshpande et al. [4] were con-

ducted in a much larger (28 and 57 mm) tubes and

this would give a larger propensity for dryout than

the small diameter tube used by Jung [1].

The objective of the present work was to provide a

rational framework for the interpretation of the results

of Jung [1]. The questions addressed were as follows:

(1) Is the observed transition between the low quality

and high quality regimes (see Fig. 1) consistent with

the predictions from established flow pattern transi-

tion maps (such as the map of Taitel and Dukler

[5])?

(2) Within the slug flow regime itself, what are the pre-

dicted slug lengths,film thickness etc.?

(3) What are the mechanisms governing heat transfer in

the respective regions of the slug flow?

(4) Can quantitative predictions of the heat transfer

coefficients be made?

In what follows below, the flow regime transition will

be discussed in Section 2. This is followed by a

description how to obtain hydrodynamic parameters in
slug flow in Section 3. A study of liquid behaviour in the

film region will be presented in Section 4. A new cor-

relation for heat transfer coefficient in horizontal slug

flow will be described in Section 5. Finally, concluding

remarks will be given in Section 6.
2. Flow regime transition

One of the most widely used flow pattern transition

maps is that due to Taitel and Dukler [5] and this map

has been selected for comparison with the Jung data [1].

It is recognised that some deficiencies in the Taitel and

Dukler map have emerged in subsequent work, notably

in its failure to take adequate account of physical

property variations (see for instance Weisman et al.

[15]). However, the Weisman et al. work suggests that

the effects of surface tension and gas density may be

counteracting in the case of refrigerant/refrigerant

vapour mixtures and that the deficiencies in the Taitel–

Dukler map may be less serious in this case.

The Taitel and Dukler [5] map is semi-theoretical in

nature and plots the transition in terms of the number of

dimensionless groups. Here, we are concerned primarily

with the slug flow to annular flow transition. In this

map, it is suggested that when the equilibrium liquid

level in the pipe is above the pipe centre line, intermittent

flow will develop, and if hL=D < 0:5 (where, hL is the

liquid level), annular or annular dispersed liquid flow

will result. Since transition takes place at a constant

value of hL=D ¼ 0:5, The Taitel–Dukler [5] analysis

indicates that a single value of the Martinelli parameter

Xtt characterises the change in regime. The Martinelli

parameter is defined as

Xtt ¼
ðdpF=dzÞL
ðdpF=dzÞG

� �1
2

ð1Þ

where ðdpF=dzÞL and ðdpF=dzÞG are the pressure gradi-

ents for the flow of liquid and gas phases flowing alone

in the channel respectively.

For a horizontal tube, the transition value is

Xtt ¼ 1:6, and this is plotted in Fig. 3 as boundary B. A

further boundary in the Taitel–Dukler flow pattern map

is the limit of the stratified regime A–A which is plotted

in terms of the parameter F (the Froude number mod-

ified by the density ratio) and the Martinelli parameter

respectively as shown in Fig. 3. F is defined as follows:

F ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi

qG

ðqL � qGÞ

r
UGffiffiffiffiffiffi
Dg

p ð2Þ

where qG and qL are the densities of the gas and liquid

phase respectively, UG is the superficial gas velocity, D
the tube diameter, g the acceleration due to gravity. As

will be seen in Figs. 3–5, for Xtt < 1:6, the transition of

stratified flow is into annular flow whereas for Xtt > 1:6,
the transition is into slug flow.



Fig. 3. Flow pattern transition map of Taitel and Dukler [5].

Fig. 4. The physical model for slug flow.
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The transition between the lower quality (large radial

variation) region and the high quality (smaller radial

variation) region as shown in Fig. 1 can be plotted in

terms of the above parameters. Of course, one can only

specify a range of qualities over which the transition

occurred.

For the experiments of Jung [1] the following

approximate quality ranges for the transition were esti-

mated:

0:22–0:25 for a mass flux of 364 kg=m2 s

0:13–0:14 for a mass flux of 526 kg=m2 s

0:07–0:08 for a mass flux of 751 kg=m2 s

These ranges are plotted on Fig. 3 and it will be seen

that, indeed, the transition ranges are quite close to the

predicted slug flow boundary and lie in the range

0:65 < Xtt < 1:6 (the lower boundary of this range is
shown as the dotted line in Fig. 3). This corresponds to a

range of hL=D of 0.35–0.5. In fact, the accuracy of the

Taitel–Dukler slug-annular transition prediction is not

very high, with considerable variations observed in the

literature (see for instance Reimann et al. [14]).

We conclude that it can be reasonably adduced

(subject to the uncertainties found in all flow pattern

predictions) that the observed transition in Fig. 1, is

indeed, a transition from annular to slug flow.
3. Hydrodynamic parameters in slug flow

To calculate the characteristics of the slug flow, we

use the well-established model of Dukler and Hubbard

[6] with some modifications to take account of recent

work. Dukler and Hubbard [6] define a slug unit which

consists of the liquid slug (where the liquid phase is



Fig. 5. Lengths of the slug, film and slug unit.
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continuous and occupies the whole cross section of the

pipe) and a film region, namely the region between the

slugs (see Fig. 4). The length of the liquid slug and film

regions are defined as ls and lf and Dukler and Hubbard

[6] defined a total slug unit as given by

l ¼ ls þ lf ¼
ð1þ CÞU

ms
ð3Þ

where ms is the slug frequency, U the total superficial

velocity, and C a parameter which has the value of the

order of 0.25, which is related to the shedding rate of

liquid by the slug into the film region.

The slug length is given by the equation:

ls ¼
U

msðeLs � eLfÞ
UL

U

�
� eLf þ CðeLs � eLfÞ

�
ð4Þ

where UL is the liquid superficial velocity, eLs and eLf are
the liquid hold-up (fraction of the cross section occupied

by the liquid) in the slug region and the film region

respectively, and U is the total superficial velocity. Here,

we have used the correlation of Heywood and Rich-

ardson [7] for ms and for the hold-up in the slug (eLs) we
have used the correlation of Gregory and Scott [8].

ms ¼ 0:0364
UL

U
2:02

D

��
þ U 2

gD

��1:08
ð5Þ

eLs ¼ 1

"
þ UL

8:66

� �1:39
#�1

ð6Þ

where D is tube diameter.

For eLf , we used the original model of Dukler and

Hubbard [6]. Combining these models, it is possible to

predict ls, lf and lu. These parameters are plotted as a

function of quality for one mass flux studied by Jung
(namely 364 kg/m2 s) in Fig. 5. As will be seen, the length

of the slug unit increases progressively with increasing

quality as does the length of the liquid slug. The liquid

film region increases however much more rapidly, as

shown. These data will be used in the ensuing analysis.
4. Liquid behaviour in the film region

Once the slug has passed, a layer of liquid is left

around the periphery of the tube, and the upper part of

this layer begins to drain downwards, thinning the film

at the top of the tube. This situation has been investi-

gated in some detail by Coney [9] and this picture of

what is happening is shown in Fig. 6. The situation being

considered here is somewhat different since it is likely

that the slugs with which we are dealing in the present

paper would be more truly in the slug form rather than

in the ‘‘frothy surge’’ form designated by Coney [9].

However, the analysis is still applicable since we are

concerned mainly with prediction of what happens at

the top of the tube and the picture will be similar. Thus,

in the slug body, a boundary layer is built up termi-

nating at the end of the slug. This boundary layer

represents the starting point for the subsequent devel-

opment of the film region. The variation of the thickness

of the film at the top of the tube after this point is

determined by the change in the velocity profile, by

viscous draining and by evaporation of the liquid from

the film.

The Coney analysis proceeds as follows:

(1) The boundary layer thickness at the end of the slug

region is predicted. This depends on the fluid physi-

cal properties and the velocity and length of the slug.



Fig. 6. Pictorial representation of replenishment and draining processes (not to scale). (a) The situation as it is in practice with some

typical dimensions and velocity. (b) The idealised picture by Coney [9].
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(2) At the end of the slug, the outer edge of the bound-

ary layer is moving at the slug velocity and this

boundary condition is applied and the development

of the liquid film determined, taking into account

the draining and changes of the velocity profile.

Evaporation is also considered.

(3) Coney [9] was specifically interested in the point at

which the film on the upper surface of the tube dried

out. This could be determined by taking into ac-

count evaporation of the film since the drainage

effect per se, although leading to vanishing the small

films, it would not actually cause the film to dry out.
Fig. 7. Average film thickness at the top of the tube in th
We have repeated in detail the Coney analysis for the

present case. The variation of the thickness of the film as

a function of the distance upstream from the edge of the

slug has been calculated for the top of the channel. In no

case in the analysis of the present data (where the heat

flux effect was taken into account) did the upper film dry

out. In analysing the heat transfer data, we are primarily

concerned with averaging and the average film thickness

d at the top of the tube was determined for each con-

dition and the results obtained for this average are

shown in Fig. 7. Further details of the calculation are

given by Sun [16].
e film region predicted by the analysis of Coney [9].
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The average film thickness at the top of the tube was

found to be around 0.1 mm and did not vary greatly

from this value for the range of flow conditions inves-

tigated. The relative constancy of this film thickness is

interesting, and perhaps surprising, but is consistent

with the assumptions of the Coney analysis. The average

values of film thickness and film velocity calculated in

this exercise were used in the heat transfer calculations

and correlations as described below.
5. Correlation of heat transfer coefficients

At the beginning of the present study, it was thought

that the thinning of the liquid film at the top of the tube

would actually give rise to a very high convective coef-

ficient and that this would be the explanation of the

gross variation of heat transfer coefficient with circum-

ferential position in the slug flow regime. However, the

results of the calculations using the Coney [9] analysis

demonstrated that this initial explanation of the phe-

nomenon was not correct. In fact, the calculations de-

scribed show that the film at the top of the tube is

moving less rapidly than that at the bottom and the

suppression of nucleate boiling is less. Thus, surpris-

ingly, nucleate boiling dominates the heat transfer at the

top of the tube and forced convective at the bottom.

In the analysis reported here, the nucleate boiling

coefficient is calculated from the correlation of Cooper

[10] for both slug and film regions. For the forced con-

vection coefficient in the film region we adapt the film

heat transfer theory as reported by Hewitt and Hall-

Taylor [11]. This correlation was developed for annular

flow. Here, we use the same format but we employ the

calculated mean film thickness and the average velocity at

the top of the tube (estimated from the Coney, 1974

analysis) and the calculated average thickness of the li-

quid layer and velocity at the bottom of the tube (esti-

mated from the analysis of Dukler and Hubbard [6]),

both for the film region. For the forced convection

coefficient in the slug region we adapt the correlation of

Dittus–Boelter. The Cooper [10] correlation for nucleate

boiling is as follows:

anb ¼ 55P 0:12
r ð� log10 PrÞ

�0:55M�0:5 _q0:67S ð7Þ

where Pr is the reduced pressure, M molecular weight, _q
the heat flux. The suppression factor S accounts for the

reduction of the nucleate boiling coefficient because of

the flow is calculated from the relationship of Gungor

and Winterton [12]:

S ¼ 1

1þ 1:15� 10�6E2Re1:17L

ð8Þ

where

E ¼ 1þ 24000Bo1:16 þ 1:37ð1=XttÞ0:86 ð9Þ
where Bo is the boiling number ( _q=hlgG), where hlg is

latent heat of evaporation and G is mass flux.

For the forced convective coefficient in the film re-

gion, we used the film heat transfer theory as reported by

Hewitt and Hall-Taylor [11] and Hewitt et al. [13]. Thus

afc;f ¼
CpLðqLs0Þ

0:5

Tþ ð10Þ

where, d is the film thickness, s0 is interfacial shear

stress:

s0 ¼
1

qL

dþqLgL
d

� �2

ð11Þ

Tþ ¼ dþPrL for dþ 6 5

¼ 5 PrL
�

þ ln 1
�

þ PrLðdþ=5� 1Þ
�	

for 56 dþ 6 30

¼ 5 PrL



þ ln½1þ 5PrL� þ

1

2
ln
dþ

30

�
for dþ > 30

ð12Þ

dþ ¼ 0:7071Re0:5f for Ref 6 50

¼ 0:6323Re0:5286f for 506Ref 6 1483 ð13Þ
¼ 0:0504Re0:875f for Ref > 1483

Ref ¼
4duLqL

gL
ð14Þ

where uL is the average liquid velocity in the respective

region.

For the forced convective coefficient at slug region,

we used the Dittus–Boelter equation:

afc;s ¼ 0:023
kL
D

Re0:8L Pr0:4L ð15Þ

where

ReL ¼ DUqL

gL
ð16Þ

PrL ¼ CpLgL=kL ð17Þ

where gL, kL and CpL are the viscosity, thermal con-

ductivity and the specific heat capacity of the liquid.

The nominal heat transfer coefficient for the slug

region is then calculated from the expression

as ¼ afc;s þ anb;s ð18Þ

where afc;s and anb;s are the forced convective and

nucleate boiling coefficient calculated by the above

methodology for the slug region.

Similarly for the film region we have:

af ¼ afc;f þ anb;f ð19Þ

where af is calculated for both the top and the bottom.

The average heat transfer coefficient for slug flow is

given in Eq. (20):

a ¼ as
ls
lu

þ af
lf
lu

ð20Þ



Fig. 8. The comparison between Eq. (20) and the data of Jung [1].

2814 G. Sun et al. / International Journal of Heat and Mass Transfer 47 (2004) 2807–2816
Fig. 8 shows a comparison between Jung’s experi-

mental data and predicted heat transfer coefficients.

Most of the data are correlated within a deviation of

±25%.

Bearing in mind the complexity of the analysis, this

agreement is very satisfactory. More interesting than

this overall agreement, however, is the distribution of

the contribution to the average coefficient. This is illus-

trated in the block diagram shown in Fig. 9 where the

contribution to the overall average heat transfer coeffi-

cient from nucleate boiling and forced convection, and

from the slug region and the film region, respectively are

shown for two different qualities. From this diagram, we

conclude that

(1) The contribution to the overall coefficient of the slug

region is small, most of the heat transfer occurring in

the film region.
(2) The forced convective coefficient in the lower film is

greater than that at the top. Although the bottom

film is thicker, it is more turbulent and moves with

a higher velocity, giving a higher coefficient.

(3) The nucleate boiling coefficient in the top film is

more than that in the bottom. This is because the

faster moving, more turbulent, bottom film gives rise

to greater suppression in that region.

(4) The contribution of the liquid slug region is about

the same at the two qualities. At higher qualities,

there are less liquid slugs but they travel quicker

and have a higher convective heat transfer coeffi-

cient.

The slug flow region model presented here predicts a

monotonic increase in the bottom coefficient with

increasing quality and a monotonic decrease in the top

coefficient. This is consistent with the data except at the



Fig. 9. The contribution to the overall average heat transfer coefficient from nucleate boiling and forced convection at the slug region

and the film region.
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lowest qualities (see Fig. 1) where the top coefficient

increases slightly with quality and the bottom coefficient

is faily constant. Nevertheless, the general trends are

captured.
6. Conclusions

The following main conclusions were drawn from

this work:

(1) The change of behaviour observed by Jung [1] in the

evaporation of refrigerant-12 in the pipe appears to

be well connected to the transition between slug flow

and annular flow at a given quality.

(2) There are strong differences between the cases of

non-evaporative and evaporative heat transfer in

tubes. In the former case, the heat transfer coeffi-

cient at the top of the tube is lower than at the bot-

tom, with the reverse being true in the case of

evaporation.

(3) Application of the Coney [9] method to the predic-

tion of the Jung [1] data indicated that the liquid film

at the top of the tube was unlikely to dry out during

the film drainage period following the passage of a

liquid slug.

(4) An analysis of the liquid behaviour in the film

region has led the prediction of the mean heat trans-

fer in the slug region with an accuracy of around

�25%.

(5) The analysis shows that heat transfer at the top of

the tube could be dominated by nucleate boiling

whereas that at the bottom is dominated by forced

convection. Though the film at the top of the tube

is very thin, it is also very slow moving compared
with the liquid layer at the bottom. Thus, suppres-

sion of nucleate boiling appears (from the present

analysis) to be much greater in the bottom layer.

This surprising conclusion needs to be further inves-

tigated.
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